Falling Film Heat Transfer Analysis on a
Bank of Horizontal Tube Evaporator

Heat transfer analysis of falling film evaporation on a bank of horizon-
tal tubes is investigated in this study. Liquid falling from one tube to the
next lower one is considered as a thin liquid jet impinging on the top of
the tube with a uniform free falling velocity. The hydrodynamic and ther-
mal solutions are obtained by a finite difference method. In these solu-
tions the heat transfer coefficients are modified to account for wavi-
ness.

Liquid film thickness and local and average heat transfer coefficients
are obtained for the constant heat flux and isothermal boundary condi-
tions. Convective heat transfer effects are shown to be dominant as
Peclet number increases. Heat transfer coefficients for the tubes in a
tube bank decrease from the first tube onwards until the fully developed
region is reached. The present predictions agree favorably with the
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reported heat transfer data.

Introduction

Horizontal tube evaporators, where condensation takes place
inside horizontal tube while an evaporating film flows over the
outside of the tube banks, are extensively utilized in desalina-
tion, chemical process industries, and have recently been pro-
posed in ocean thermal energy conversion systems. Such heat
exchangers are characterized by high heat transfer coefficients
at low feed rates and small temperature differences. Despite the
importance of horizontal tube evaporators, information for pre-
dicting their heat transfer performance is still limited. As indi-
cated by Newson (1978), Moalem and Sideman (1976), and
Fletcher et al. (1973), the evaporating liquid film heat transfer
coefficient is the governing parameter in the overall heat trans-
fer coefficient for horizontal tube evaporators. Evaluation of the
heat transfer performance of horizontal tube evaporators is,
therefore, best achieved by a reliable predictive method for the
evaporation side heat transfer coefficients. It is the aim of this
study to analyze evaporation heat transfer for liquid films flow-
ing across horizontal tubes set into a vertical in line array.

Prior experimental studies on evaporation heat transfer data
for horizontal evaporators were primarily sponsored by the
Office of Saline Water. Based on the Office of the Saline Water
experimental reports, some of which are listed in the Literature
Cited section, Newson (1978) offered analysis to link the pro-
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cess variables to the heat transfer coefficients in horizontal
evaporators, but no analytical or empirical methods was pre-
sented. Over the last decade, horizontal tube evaporators were
proposed for use in Ocean Thermal Energy Conversion System
(OTEC). In support of this development, a number of tests were
conducted on horizontal tubes by Sabin and Poppendiek (1978),
Owens (1978) and Conti (1978). For the thermal design of
OTEC heat exchangers, Owens (1978) presented a correlation
which was empirically obtained from his ammonia data and
Liu’s (1975) water data to predict the evaporation heat transfer
coefficients on horizontal tubes. Lorenz and Yung (1978, 1979)
also proposed a simple model for predicting film evaporation
heat transfer coefficients on a horizontal tube bundle. This
model combined correlations for the thermally developing re-
gion at the top tubes and the fully developed region at the lower
tubes in a tube bundle. Lorenz and Yung’s predictions were
shown to have good agreement with ammonia and water data of
Fletcher et al. (1973, 1975), Owens (1978), Sabin (1978), Conti
(1978), and Liu (1975).

Although few heat transfer analyses on a single horizontal
tube evaporator or on a tube banks have been published, film
evaporation on a horizontal tube was experimentally and theo-
retically studied by a number of workers to gain an under-
standing of heat transfer characteristics of films flowing over
horizontal tubes. Fletcher et al. (1973, 1975) experimentally
investigated film evaporation on a heated tube. Heat transfer
coefficients at various liquid flow rates, heat flux, and saturation
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temperatures were reported for water and brine. Solan and Zfati
(1974) conducted an experimental study with subcooled liquid
film, flowing over a horizontal tube at film Reynolds number in
the range of 100-700. They also presented an analytical method
to calculate the local heat transfer coefficient in the thermally
developing and fully developed regions. Their results for laminar
film flow were in good agreement with the experimental data for
film Reynolds number up to 600. Parken (1975) and Parken and
Fletcher (1982) investigated film evaporation on a horizontal
tube. Their laminar analysis involved an integral method and a
finite difference scheme. Analytical results were found to have
in good agreement with their data. Liu (1975) also conducted an
experimental study to simulate liquid falling on a tube bundle.
The heat transfer data were obtained for various separation dis-
tances between the top of the test tube and the bottom of the
feeding tube. Heat transfer predictions were obtained numeri-
cally for different laminar and turbulent models; the turbulent
model was shown to have better agreement with the test data.

Moalem and Sideman (1976) presented a laminar analysis to
solve the local heat transfer coefficients of the interacting con-
densation and evaporation processes inside and outside a hori-
zonal evaporator tube. Their study was extended by Moalem
and Sideman (1977) to conduits with an elliptical cross section.
Comparison of the heat transfer predictions with the experimen-
tal data of Sideman and Moalem (1976) indicated the laminar
theory yielded lower predictions at Re > 150. The deviation was
attributed to wave action of wave at the film surface. Thus, a
correction factor empirically obtained by Zazuli (1959) was
added to the laminar solution to account for the wavy effect.
More recently, the film flow analyses on horizontal tubes was
applied to the cooling of Calandria tubes in certain nuclear reac-
tors for cases of accidents involving the loss of coolant in certain
nuclear power reactors. Rogers (1981) also proposed a laminar
analysis which is similar to that of Solan and Zfati (1974). Here
a correction factor for interfacial waviness, which had been orig-
inally suggested by Kutateladze (1979), was added to improve
the heat transfer predictions.

As indicated by the brief survey the heat transfer problem for
evaporating lilquid films flowing across a tube bundle has not
been fully explored. In addition, between-tube evaporation, Lor-
enz and Yung (1978), as well as tube spacing, Lin (1975), Dani-
lova et al. (1976) and Chyu and Bergles (1987), both of which
affect the heat transfer behavior of an entire tube bank, is not
yet fully understood. It is the purpose of this study to analyze the
evaporating film heat transfer coefficients from tube to tube in a
vertical tube bank of horizontal evaporators. The effects of vari-
ous factors which influence heat transfer rates, such as tube
diameter, film flow rate, operating temperature, between-tube
spacing, and tube location within tube bundle, are also investi-
gated.

Analysis
Physical model

When a liquid film is flowing on a vertical row of horizontal
tubes, basically three different flow patterns of liquid flow
between the adjacent tubes can be observed: droplet dripping,
liquid columns, and liquid sheets, Moalem et al. (1978, 1979),
Sideman et al. (1978), Yung et al. (1980), Dhir and Taghavi
(1981), and Mitrovic (1986). These three distinctive flow pat-
terns are illustrated in Figure 1. Which of these flow patterns
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Figure 1. Patterns of liquid flow between two adjacent
horizontal tubes (Mitrovic, 1986): a. droplet
drippling; b. liquid columns; and c¢. liquid
sheets.

can be expected in an actual case depends mainly on the flow
rate, the tube spacing, and the physical properties of the liquid.
The droplet dripping, Figure la, usually appears for a lower flow
rate and a larger tube spacing. This flow-pattern changes at first
to that shown in Figure 1b, and then to the pattern 1c when the
flow rate increases and/or the tube spacing decreases.

Transport characteristics of films flowing over horizontal
tubes strongly depend on the existing flow pattern. Although we
do not have well-established flow pattern transition criteria that
can be used to predict transition boundaries in terms of charac-
teristic parameters, such as flow rate, tube spacing, and fluid
properties, experimental observations of Moalem et al. (1978),
Ganic and Roppo (1980), and Mitrovic (1986) indicate that the
transition between dripping and liquid columns occurs at Re ~
150 — 200, whereas the transition from liquid columns to con-
tinuous liquid sheet occurs at Re =~ 315 — 600. The transition
Re number range was affected by tube spacing and liquid prop-
erties which were different in these experiments. As experimen-
tally demonstrated by Sideman et al. (1978), at relatively high
Reynolds numbers, Re = 600, the film flow characteristics
around the tube were independent of whether the feed on top of
the tube arrives as a continuous film or as continuous columns.
Since the typical operating range of horizontal tube evaporators
is generally kept in the range of film Reynolds number greater
than about 800, it is conservative to model the flow pattern
between two horizontal tubes as a continuous sheet, Figure lc.
The following analysis deals with the case where the liquid
between the tubes is a smooth continuous film. Therefore, the
results cannot be used for low-Reynolds number flows where the
droplet dripping flow pattern dominates.

The present analysis considers liquid falling on a heated hori-
zontal tube bank. It is assumed that there is no nucleate boiling
in the film and that only surface evaporation occurs. The physi-
cal system is illustrated in Figure 2. In the absence of vapor
crossflow, saturated liquid at 7, and an initial flow rate of 2T,
falls as a continuous sheet, impinging on the first tube of a tube
bank. Thus, the heat transfer behavior of the first tube is similar
to that of a single heated tube subject to a sheet of falling liquid.
The liquid film flows tangentially in the arc length direction
along the tube periphery. It drains down to the bottom of the
tubes and falls on the top of the next lower tubes (x = 0) under
the influence of gravity.

For horizontal tube evaporators, the liquid wetting rate is
generally kept in the range of film Reynolds number between
800 and 4,000 which results in the flow being either wavy lami-
nar or just slightly turbulent. This range of Reynolds number for
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Figure 2. Modeling of liquid film falling on horizontal
tubes in a tube bank.

a laminar treatment may contradict common knowledge that for
a liquid film flow on a vertical surface, the transition from lami-
nar to turbulent flow is generally considered to occur in the
range of film Reynolds numbers between 1000 and 2000, Seban
(1978), Kutateladze and Gogonin (1979), Fujita and Veda
(1978}, and Rogers (1981). These observations, however, are
not directly applicable for liquid film flow on a horizontal pipe
since the flow is neither fully developed nor in a constant vertical
application. The flow on a horizontal pipe can be approximated
by the flow on inclined surfaces, for which Ueda and Tanaka’s
(1975) measurements indicate that the liquid film as a whole
are much more laminar-like than turbulent in a range of film
Reynolds numbers up to the experimental limit of 6,000. Parken
(1975) also observed that laminar film flow on a horizontal pipe
can be maintained at the film Reynolds number as high as
6,044. In view of the above discussion, a laminar flow model is
assumed and the heat transfer coefficients are then corrected for
waviness.

Since liquid falling to the next lower tubes has been heated by
the upper tubes, the local flow rate and temperature profile
reaching the top of the next tube will change from tube to tube
in multiple tube array. Therefore, hydrodynamic and thermal
field equations associated with: a) a liquid film flowing over hor-
izontal tubes; (b) the liquid sheet falling between tubes; and c¢)
the stagnation point boundary layer solution at the top of the
tubes must be simultaneously solved to obtain heat transfer pre-
dictions for the whole tube bank. Formulation and solution tech-
niques for these three problems are illustrated below.

Governing equations for film flowing
over horizontal tubes

Assuming that the film thickness, d,is small compared to the
tube diameter, D, the curvature effect may be neglected. The
field equations governing the kinematic, dynamic and energetic
fields of the flow can be simplified by using the thin film approx-
imation as introduced by Kocamustafaogullari (1985) and Chen
(1984). The Reynolds number, assumed to be in the range of
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800 to 4,000, allows the inertia terms to be the same magnitude
as the viscous and gravity terms in the momentum equation, and
the convective heat transfer terms have the same order as the
conductive heat transfer terms. The effects of interfacial shear
stress, pressure gradient and surface tension on the circumferen-
tial film over the tubes are assumed to be small and, hence,
neglected. The simplified governing equations for an incompres-
sible fluid are given in Chen (1984). In dimensionless form they
are given as follows:

Continuity Equation

o
Z+Z -0 (1)

Momentum Equation

, o’ iy o’ 8 D'\sin ¥ + 2 D\ oW )
UW—+0v—=|=5D|sinx +{—=]—
ax' 3y \Ré’ Re & 9y

Energy Equation

AT 8T (2 D\&T'
= (3)

o TGy T\Pew?) 57

To complete the formulation, the following dimensionless
boundary conditions are introduced

aty' =0, x=0; u=0,v=0
either 7' = 1 (isothermal condition)
T’
or — = —§' (constant heat flux) (4)
ay
a ’
aty' =1, x' =0 5u—,=0; T"=0 (5

’ ’ ’

atx =0,y >0; u=u,v =0
T =0 (at the top tube)
T =T'(y") (atthelower tubes) (6)

where u;, and v} are the dimensionless initial velocity profiles at
the top of the tube. The initial temperature profile 77()) at the
top of the lower tubes, e.g., at x' = 0, is calculated for a liquid
film failing between the tubes. In Egs. 1 through 6, the dimen-
sionless variables are defined as follows:

X=x/RO<x(=0)<m y =yp/50<y<l
v = v/(u;;/R)
D'=D/L; S =2S/L;

u =ufug

§=35/L, (7)

either T’

Il

(T — T,)/(T, — T,) (isothermal condition)
orT" = (T — T,)/(q.L./k) (constant heat flux)

where the characteristic film thickness, L, and the reference
velocity, uy, are defined as

L= (/9" (®
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In these equations the liquid mass flow rate flowing over one side
of the tube, I', is expressed as

8, 1
r- Tudy = pb ud(y/s 10
p f y = b, f (v/8) (10)

Thus, the local film thickness, J, is given by

b=T/p [ ud(y/2) (1)

which, in dimensionless form, becomes

i

§=1 u' dy 12
/ £ y (12)

This problem is a boundary value problem with four gov-
erning equations (Egs. 1, 2, 3 and 12), and four unknowns, «', ¢/,
T’ and &', and boundary conditions specified by Eqgs. 4, 5, 6. The
starting values of u), v/, and 8, at the top of the tubes can be
obtained by using a stagnation point boundary layer solution.
The detailed analysis of the stagnation point solution is dis-
cussed later. The local film thickness, velocity and temperature
profiles around the tubes are then solved by using a finite differ-
ence method. The method of solution used follows Schlichting’s
(1979) finite difference procedure for solving nonlinear partial
differential equations. The partial differential terms in the y’
direction are replaced by the central difference forms. On the
other hand a backward difference formula is used for the partial
derivatives in the x’ direction. The details of the solution proce-
dure were described by Chen (1984). The accuracy of the finite
difference solution depends on the grid size used in the calcu-
lation. For a relatively small number of mesh points, the results
show oscillation around the converging solution. After some
numerical testing, the forward step size was set equal to 180
steps from the top to the bottom of the tube, and the grid spacing
in the film direction was equally divided into 20 strips.

Governing equations for liquid sheet falling
between the tubes

Here it may be assumed that the liquid velocity at the bottom
of the upper tube is negligible, and that the liquid has no initial
velocity as it falls down. Therefore, the liquid velocity at any
position between the upper and lower tubes, Figure 1, is given by
the free fall expression

u, = (2gx)°* (13)
Further, the liquid films draining from the tube sides are
assumed to be well mixed as the liquid flows from two sides and
the films coalesce at the bottom of the tube. Hence, a uniform
bulk mean temperature of liquid may be assumed which is
determined from the temperature profiles of liquid films at the
bottom of the upper tube. This uniform temperature is then used
as the initial temperature profile of the falling liquid as it
departs the tube. The liquid descends vertically as a continuous
sheet with mass flow rate 2T, and its local width 24, can be
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expressed as

ar r

2= =
*opu,  p(2g%)%

(14)

Since a small portion of the falling liquid is evaporated from
each tube, the local mass flow rate leaving the upper tube is used
in Eq. 19 that results in

7rD/7,,
hfg
=Dq,,

e

r,,,=2r, - (T, — T,) (isothermal condition)

,,, = 2T, — (15)

(constant heat flux)

where the subscript n identifies the nth tube within the tube
bank, and 2, is the average heat transfer coefficient for the nth
tube.

A thermal analysis of the liquid film falling between the tubes
leads to the temperature profile for the liquid sheet between two
tubes. Consequently, the temperature distribution of the falling
liquid sheet, before reaching the top of the next lower tube, is
used as the initial temperature profile at x = 0 of the tube.

Since the liquid flow is only in the vertical direction, the
dimensionless energy equation for falling liquid flow between
the tubes is then given as

ar” 8 IFT”
- SNI.S n0.5 16
ax” (PrRe) Ty {16
with the dimensionless boundary conditioné
aT”
—=0 aty"=0,x">0
dy
T"=0 aty"=1,x">0
T"=T, aty"'=0,x"=0 a7

where T, is the bulk mean temperature at the bottom of the
previous upper tube. Dimensionless variables appearing in the
above equations are defined as follows:

x'=X/5,0=x"=<1
Y =y/6,0=)y"=<1
S =28/(2/g)'?

T" = (T - Tv)/(Tw - Tu) (18)

This problem differs from the classical Graetz problem which
has been thoroughly described and extended by Drew (1931),
Jacob (1949), Kays (1955), and Sellars et al. (1956). The differ-
ence is due to the increasing velocity and decreasing film thick-
ness caused by the free fall of the film.

By using the finite difference method, the temperature distri-
bution of the falling liquid sheet between the tubes is numeri-
cally solved from Egs. 16 and 17. The temperature profile at the
end of the liquid sheet between two successive tubes is used as
the starting temperature profile at the top of the next lower
tubes in Eq. 6. It is to be noted that Eq. 14 that is used in the
energy equation to predict the temperature distribution within
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the film may introduce some numerical difficulties as x
approaches zero since it results in an infinite local width 2 §, of
the liquid film. However, as long as the grid size, Ax, is not too
small, this does not cause any serious problem for the numerical
technique described here.

Stagnation point boundary layer solution at the top
of the tubes

For liquid falling between tubes, it is assumed that a continu-
ous liquid sheet with a uniform cross sectional velocity which is
increasing due to the free fall leads to a two-dimensional liquid
jet impinging on the top of the next tube. Since the width of the
falling liquid sheet is very thin compared to the tube diameter,
the problem may be treated as a jet impinging on a flat surface,
Figure 3. Therefore, a velocity, resulting from the stagnation
point boundary layer development theory with a uniform veloc-
ity profile outside the boundary, is used for the starting velocity
profile near the impingement point. One such profile given by
Schlichting (1979) for the u-velocity component is

A
u-Cx[(2n - 27 +7*) + cn- 3+ 37 — ), n=1

u==Cr,gp> 1 (19)

where

n=y/d
8, = (A»/C)*’, boundary layer thickness

where
A = (8/v) (du/dx)

The uniform velocity, Cx, at the stagnation point is obtained
from the general case of wedge flows. The profile at the stagna-
tion point corresponds to A = 7.052.

For a two-dimensional jet flow with a uniform velocity profile
impinging on a flat surface, the numerical values of C have been
reported by Sparrow and Lee (1975) and Miyazaki and Silber-
man (1972) for a two-dimensional jet emerging from a slot.
Their results vary with the ratio of the slot height above the
impingement surface, S, to the slot width (26,).

3

S C 2
At T 1.5, (u— 6:) =0.676 (Sparrow and Lee)

Cc \12
(u— 6,) =0.667 (Miyazaki and Silberman)

£

S C _\1/? . . .
and for % — o (u_ 6,) = 0.627 (Miyazaki and Silberman)

£ 0

(20)

where u,, is the impinging jet velocity.

Since liquid descending from one tube to the next lower one is
considered as a continuous jet impinging on the top of the tube,
Figure 3, the impingement velocity is given by

u, = (2gS)"? (1)
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Figure 3. Modeling of jet impinging on a flat surface.

For a liquid mass flow rate 2T, the width, 24, of the falling jet
just above the top of the tube becomes

2, = —

)

(22)

For example, water at 100°C with T' = 0.1 kg/m - s (Re =
1,413) falling on a tube bundle with S = 0.0127 m and D =
0.0254 m yields 85 = 0.00021 m. Since the flow field on the top
of the tube can be considered as a jet impinging on a flat surface,
the stream velocity gradient near the stagnation point is
assumed to be equal to the Miyazaki and Silberman’s result
(0.627) in Eq. 20 for large values of §/25,. Substitution of Eqs.
21 and 22 into Eq. 20 gives the free stream velocity gradient at
the stagnation point x = 0 as

pgS

-0.787 2= 23
C 8 = (23)

In Eq. 25, the boundary layer thickness near x = 0 can be
obtained as
8, = (1.0520/C)"* = 2.116v(Re/2gS)*’ (24)
Schlichting (1979), Sparrow and Lee (1975) and Miyazaki
and Silberman (1972) showed that after impingement, the free
stream velocity u(x) increases rapidly from zero at x — 0 and

becomes finally invariant with the flow direction after x = 44,.
Hence, the film thickness at x, = 48, can be obtained as

P-p [Mudy+p [7Cx,dy = pCx,(5,— 0.24125) (25)
(i 5
Thus,
(8)x, = T/(pCx,) + 0.24125, (26)

Furthermore, substituting Eqs. 22, 23 and 24 into Eq. 26 gives
the ratio of boundary layer thickness to the film thickness as

@n

3, 113.33

8, [Re'?
&

-1
+ 0.2412)

which has a value of about 0.2 to 0.4 corresponding to Re rang-
ing from 4,000 to 800, respectively. This result indicates that the
boundary layer thickness remains small compared to the
remaining inviscid film region.
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The stagnation point boundary layer velocity profile of Eq. 19
at x = 44, is now used as the initial liquid film velocity at the top
of the tubes. The initial #-component velocity is then given from
Eq. 19 as

u, = C(48)[2n — 27’ + 7*
+ 1.175(n = 3> + 39 — 1)), n =1

u, = C(48,), 17> 1 (28)

where 8, and C are given in Egs. 22 and 23 respectively and the
initial v-component velocity may be assumed with negligible

error to be equal to zero. The dimensionless initial velocity com-
ponents of # and v can now be expressed as

SrO.S Y 3 4
u;=6.3o—{2i,—21;5+y,4
Re | m m m
’ 3 22 3 ’3 4
+1.175(1,—L,2+—y,—,——y—,4)] O<y=m (29
m m m m

0.5
=63 — m=y =1
Ho Re m=Ey=
v,=0 (30)
where m'(=4,/6,) is known from Eq. 27.
By integrating the dimensionless initial u-velocity component

(Eq. 29) across the film thickness, the dimensionless film thick-
ness, 9, (Eq. 12) becomes

31

5\-! R
a;,=(6.3 - 1.52—”) d

5] S

These are the boundary conditions for the subsequent film
flow analysis as described earlier.

Local and averaged heat transfer coefficient

Utilizing boundary conditions (Eqgs. 4-6) and starting values
for v), ¥, and &, (Eqs. 29-31), Equations 1-3 and 12 can be
numerically solved for the local film thickness, velocity, and
temperature along the perimeter for 0 < 8 < =.

The local heat transfer coefficient around the tubes is defined
as

_ 4.
hO) = ——

w o fo

(32)

For constant heat flux, the local Nusselt number may be
expressed in terms of dimensionless temperature at the wall as

h(8)L 1

w

(33)

Alternatively for a constant wall temperature, the local heat
transfer coefficient and local Nusselt number are given as fol-
lows:

h(f) = q—x = ;k (E) (34)
y'=0

T, - T, & \ay
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Nu(f) = — l(aT’) (33)
'y =0

¥\ay

As discussed earlier, except at very low film Reynolds num-
bers, liquid films develop an interfacial wave structure, which
increases heat transfer rates above those obtained for smooth
liquid film flows. The increase in heat transfer is attributable to
the presence of interfacial waves which provide a greater heat
transfer surface and, more importantly, agitate the liquid film.
However, assuming that the effects of waviness will be similar to
those on vertical falling films, the theoretical heat transfer coef-
ficient is modified for waviness by using empirical correlation
developed by Zazuli (1955) as

B(6)yary = 0.687Re®" A(6) aminar (36)
The application of Zazuli’s correlation factor to predicted
smooth-film heat transfer coefficients established for laminar
films on vertical surfaces to laminar films on horizontal tubes
has been successfully used and experimentally confirmed by
Moalem and Sideman (1976), Chun and Seban (1971) and
Seban (1978). Similar empirical correction of Labuntsov (1957)
was used by Kutateladze and Gogonin (1979) and Rogers
(1981) although the correction factor in this case is slightly dif-
ferent from the one used here.

The averaged heat transfer coefficient is obtained by inte-
grating the local value of h(6) which yields

wavy?

= 1 g
b= — [ h(0)sny 0

™ v

(37

Thus, the average Nusselt number may be given by Nu — I?Lc/
k.

After evaluating the heat transfer coefficient at the topmost
tube, the local flow rate I' and temperature profile reaching the
top of the next lower tube are solved from Egs. 15 and 16,
respectively. The heat transfer coefficient for this tube is deter-
mined with the same finite difference scheme by solving the film
thickness and temperature profile for a film flowing over a
heated tube. By using the local flow rate and temperature profile
reaching a given tube, the heat transfer coefficients of each
lower tube is determined successively in a same manner as dis-
cussed above. The heat transfer coefficient for the entire tube
bank then becomes the arithmetic average of the heat transfer
coefficients of all the individual tubes.

The top tube is found to have the highest coefficient. This
decreases progressively with subsequent tubes due to the ther-
mal boundary layer development. When the calculated heat
transfer coefficients for two successive tubes only differs by a
small tolerance, this may be considered as thermally developed
flow, and, thus, the same heat transfer coefficients are used for
all lower tubes. Although the liquid flow rates in the thermally
developed region are slightly decreased, this does not signifi-
cantly affect the heat transfer coefficients as long as all tubes
remain fully wetted.

Results and Discussion

The present study represents an attempt to predict the local
and average values of the heat transfer coefficients on a single
heated tube, as well as on any evaporator tube in 2 multiple tube
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bank. Solutions are obtained numerically to examine the char-
acteristics of the basic variables affecting the heat transfer coef-
ficients. The numerical results are compared with available
experimental data and are discused in terms of the parameters
involved.

Figure 4 shows the variation of predicted film thickness with
the inclination angle around a horizontal tube for various film
Reynolds numbers. For higher flow rates, the film thickness is
greatest at the top of the tube, whereas for smaller flow rates the
film thickness is thicker at the bottom of the tube. Here viscous
effects, which result in reducing the film velocity, becomes more
significant for a thin film caused by small flow rates. However,
for higher flow rates, the viscous effects on the film flow are less
than the effects of gravity which accelerates the film flow and
thus reduces the film thickness. Figure 4 also compares the film
thicknesses obtained by the Nusselt solution, which neglects
inertia forces, at various flow rates. As expected, at small flow
rates (Re = 200) the present numerical solution is almost the
same as the Nusselt solution, while at increasing flow rates the
numerical solution gradually departs from the Nusselt solution.
This indicates that inertia effects are important and cannot be
ignored at higher flow rates which are typical of the operating
range of horizontal tube evaporators (Re > 800.)

Figure 5 presents the variation of the film thickness at § = 90°
with film Reynolds number for various Prandtl numbers and
vertical tube spacings. These results are compared with the mea-
sured film thickness data of Solan and Zfati (1974) at Pr = 5.
The film thickness increases with increasing Prandtl number
and with decreasing vertical tube spacing. This is due to the fact
that increasing the Prandtl number increases viscous forces and
decreasing the vertical tube spacing decreases the initial film
velocity. As observed in Figure 5, as the film Reynolds number
decreases, the film thickness also decreases. The effect of verti-
cal tube spacing, illustrated for Pr = 3, is reduced at lower Re by
having the viscous force acting on a thinner film. This behavior
was observed by Mitrovic (1986). The experimental data of

BT T T T 7

\, Water H
Ty=100°C
Pr=1.75

o D=0.0254m 7]
$=0.0127m

6' {mm)

Present Analysis
~—-—— Nusseit Solution

0 1 ] | i 1 1 1 |

0 40 80 120 160 180
0 (Degree)

Figure 4. Predicted film thickness around a horizontal
tube.
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Figure 5. Comparison of predicted film thickness at § —
90° with Solan and Zfati’s Data (1974).

Solan and Zfati (1974) scatter around the corresponding pre-
dicted line with Pr = 5. The scattering increases with increasing
film Reynolds number, probably due to the difficulty of experi-
mentally determining the film thickness in wavy flow.

Figures 6 to 8 present the comparison between the calculated
circumferential heat transfer coefficients and the experimental
measurements of Liu (1975) and Fletcher et al. (1973). The fig-
ures show good agreement of the numerical predictions with the
experimental results. #(f) is largest at the top of the tube and
decreases with increasing angle and finally reaches its lowest
value at the bottom of the tube. The overprediction near the top
of the tube may be attributed to experimental problems of mea-
suring heat transfer coefficients as x — 0 due to lateral conduc-
tion and as well as to the fact that the model does not adequately
reflect the physical situation at the location. The underestima-
tion near the bottom of the tubes may be due to the model which
leads to thick film while experiments show slight breaking.
However, these discrepancies between the theoretical and exper-
imental results does not greatly affect the average heat transfer
coefficient over the circumferential length of the tube and the
present local prediction.

Figure 6, with numerical results for ¢” = 27,560 to 67,600 W/
m?, shows that the heat flux has no effect on the heat transfer
coefficient. There is some scatter of Liu’s data which was
reported as being due to the instability of the flow conditions.
The local heat transfer coefficient increases with increasing
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Figure 6. Effect of heat flux on the local heat transfer
coefficient.
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Figure 7. Effect of saturation temperature on the local
heat transfer coefficient and comparison with
experimental data.

saturation temperature and decreasing tube diameter as shown
in Figures 7 and 8. This effect is due to the decreasing liquid
viscosity with the increasing temperature. Figure 8 also shows
the effect of pipe diameter for the same flow conditions. The
local heat transfer coefficient at same 8 decreases with increas-
ing pipe diameter. This is not surprising because as 8 increases
thermal boundary layer increases more rapidly on larger diame-
ter pipe than the smaller one resulting in higher heat transfer
coeflicients for smaller pipe than the larger pipe.

The comparison of the predicted average heat transfer results
with the reported averaged heat transfer data for film evapora-
tion on a horizontal tube are shown in Figures 9 to 13. Figure 9
shows the effect of vertical tube spacing on the averaged heat
transfer coefficient. Here Nu increases slightly with increasing
S. The present predictions agree remarkably well with the
experimental observations of Liu (1975) and Chyu and Bergles
(1987).
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Figure 8. Effect of saturation temperature and tube di-
ameter on the local heat transfer coefficients
and comparison with experimental data.
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A comparison of present predictions with the data of Fletcher
and Sernas (1972), Liu (1975), Chyu and Bergles (1987) and
the correlations of Chun and Seban (1971), Sernas (1979) and
Lorenz and Yung (1972) is shown in Figure 10 for 2.54 cm
diameter tube. The calculated results and Lorenz and Yung’s
correlation give a good agreement with the experimental data.
Chun and Seban’s correlation consistently under predicts the
heat transfer coefficient. This is not surprising since their corre-
lation was based on the vertical tube data and the classical Nus-
selt solution where thermal development was neglected. Sernas’
correlation, which is based on Parken’s data (1975), also gives a
lower prediction, probably due to the reduced waviness of Park-
en’s data. The liquid film flow of Parken’s test carefully
deposited the liquid film on the top of the tube through a small
falling distance (3 mm) such that laminar flow was obtained in
his test with Re as high as 6,000.

Figure 11 compares the present predictions with the ammonia
data of Owens (1978) and Conti (1978). For Re < 1,500, the
predictions are substantially below the ammonia data. Since
considerable scattering exists in the ammonia data, especially at
small Re, additional experimental tests are necessary to cor-
rectly verify the present analysis for relatively low Re. More
importantly this figure illustrates the relative effects of Peclet
number as expected from the dimensionless form of the energy
equation, Eq. 3. Noting that the Peclet number is the ratio of
two heat transfer modes, that of convection to that of conduc-
tion, the conduction is important at low Re numbers ranges
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Figure 10. Effect of Reynolds number on the average
heat transfer coefficient and comparison with
experimental data.
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Figure 11. Comparison of present predictions with Ow-
ens (1978) and Conti's (1978) ammonia data.

resulting in decreasing Nu as Re increases for a given Pr num-
ber. However, as Re increases the convective heat transfer grad-
ually overcomes the opposing effects of the conduction heat
transfer, and causes a Nu behavior change as verified by the fig-
ure. Traditionally this behavior change has been attributed to
flow regime transition from laminar to turbulent. As evident
from this figure and from Figure 14 presented later, the heat
transfer performance can be affected by the convective heat
transfer mode even in the laminar flow regime as the Peclet
number increases.

Figure 12 presents the predicted average heat transfer coeffi-
cient with the data of Liu (1975) and the nonnucleate boiling
data of Fletcher et al. (1972). Most of the data has a maximum
discrepancy of +20% with the predictions; the mean deviation is
about 10.3%. The overall agreement with experimental results
over a very wide range of parameters indicates that the principle
mechanisms involved are properly accounted for by the present
model.

Figure 13 presents the prediction of heat transfer variations
within a tube bundle for two different flow rates. It shows that
the top tube has the highest Nusselt number and the tube aver-
age Nusselt number decreases for subsequent tubes until the
thermally developed region is reached. For further tubes heat
transfer coefficients are constant. This behavior is due to the
development of liquid temperature profile as the liquid falling
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Figure 12. Comparison of predicted average heat trans-
fer coefficients with experimental data of Liu
(1975) and Fletcher (1972).
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Figure 13. Variation of Nusselt number with tube number
in a horizontal tube bundle.

along the tube bundle. This heat transfer trend is analogous to
the liquid flow in tubes where the heat transfer coefficient is
higher in the thermally developing region near the tube inlet and
reduces to a fully developed value further downstream. Figure
13 also shows that the thermally developed region is more easily
attained for a small flow rate because of its relatively thin film
thicknesses.

Figure 14 attempts to compare the present thermally devel-
oped results for constant heat flux with the thermally developed
data of Chun and Seban’s (1971) vertical tube test. Since there
is no data available in the open literature for the case presented
here, a comparison is made with Chun and Seban’s correlation
which was based on vertical wall experiments. It is seen that the
heat transfer characteristics for the film flows over the horizon-
tal and vertical tubes are similar. However, the vertical tube
data are higher than the present thermally developed prediction
for horizontal tubes since the greater accelerational force (g for
vertical tubes and g sin 6 for horizontal tubes) acted on the liqid
film flow along the vertical tubes results in a thinner film thick-
ness and higher heat transfer coefficient. Furthermore, Figure
14 shows the opposing effects of convective and conductive heat
transfer as scaled by the Peclet number, Pe = Re - Pr. As com-
mented with respect to Figure 11, the convective heat transfer
overcomes the adverse effect of conductive heat transfer as Rey-
nolds number increases for a given value of Prandtl number.
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Figure 14. Comparison of the present constant heat flux
predictions for a tube bundie with Chun and
Seban’s results (197 1).
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This behavior may be in contrast with traditional Nusselt type
of solutions where it was assumed that heat is transferred
through conduction across the liquid film. Again, as commented
with respect to Figure 11, the heat transfer performance of film
flow on horizontal tubes can be affected by the convective heat
transfer mode even in the laminar flow region as the Peclet num-
ber increases. The predictive results illustrated here are in full
agreement with those presented by Dukler (1960) and with
Liu’s (1975) experimental observations.

As may be noted from the figures, the predictions of the film
thickness and of local and average heat transfer coefficients of
film flowing over horizontal tubes are in good agreement with
the reported experimental data for the operating ranges of typi-
cal horizontal tube evaporators. They also predict heat transfer
behavior which is similar to that of the fully developed data for
vertical tubes. Further studies have been undertaken to investi-
gate the effects of constant heat flux and constant temperature
boundary conditions. The average heat transfer coefficient ob-
tained for constant heat flux is about 11% higher than that for
the isothermal case at the Reynolds number of 2,800. This dif-
ference may be attributed to the slightly different shape of the
generalized temperature profile near the tube wall surface as
explained by Kays (1978).

Summary and Conclusions

An analysis has been presented for the heat transfer predic-
tions of film evaporation on a bank of horizontal tubes which
simulates liquid falling on a tube bundle of horizontal tube evap-
orators. Liquid falling from one tube to the next lower tube is
considered as a thin liquid sheet with a uniform free falling
velocity impinging on the top of the tube. The velocity profile
near the impinging point was obtained from the stagnation point
boundary layer theory. Hydrodynamic and heat transfer solu-
tions along each tube were then obtained by a finite difference
method. The values of laminar heat transfer coefficient were
modified empirically to account for waviness. The analysis took
into account the effects of liquid flow rate, saturation tempera-
ture level, between-tube distance and was performed for both
constant heat flux and isothermal conditions. The variation of
average heat transfer coefficient with tube location in a tube
bank was also evaluated. It was found that the heat transfer
coefficient for the tubes in the bank decreases from the first tube
until a fully developed region is reached.

Comparison of the predicted circumferential and average
heat transfer coefficients indicated good agreement with the
reported data for heated horizontal tubes and a heat transfer
behavior similar to that of fully developed data of vertical tubes.
The proposed model can, therefore, be safely used for predicting
the heat transfer coefficients for liquid film evaporation on the
tubes of horizontal evaporators.

Notation

D = diameter
g = gravitational acceleration
h(8) = local heat transfer coefficient

h = average heat transfer coeflicient
h,, = latent heat of phase change

k = thermal conductivity

L, = film characteristic length, (+*/g)'/?

n = tube number in a tube bank
Nu = Nusselt number

Pe = Peclet numbers, (Re Pr)
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Pr = Prandt! number
qv = heat flux
R = radius
Re = Reynolds number, 4T'/p
S = vertical tube spacing
T = temperature
T,, = bulk mean temperature at the bottom of the tubes
T, ~ saturation temperature
T, = wall temperature
u = x-component velocity
u, = initial velocity at the top of the tubes
u,, u, = liquid free falling velocities, Eqs. 13 and 21
u, = film characteristic velocity, Eq. 9
v = y-component velocity
v, = initial velocity at the top of the tubes
x = tangential coordinate for film flow over horizontal tubes
y = radial coordinate for film flow over horizontal tubes
X = vertical coordinate for film falling between tubes
¥ = horizontal coordinate for film falling between tubes

Greek letters

a = thermal diffusivity

6, = film thickness

8, = boundary layer thickness

6 = peripheral angle

v = kinematic viscosity

p = density

n = dimensionless quantity defined by y/8,
T’ = mass flow rate per unit length

Superscripts

' = dimensionless variables for film flow over horizontal tubes
" = dimensionless variables for free falling film between tubes
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